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ABSTRACT 

 

Gas-liquid mass transfer was examined on scale-up from a laboratory-scale 

fermentor (~1.3 L) to larger bioreactors (20-145 L). Correlations were developed to 

model the lumped mass transfer coefficient (kLa) as a function of gassed power input 

per unit volume and the superficial gas velocity. The kLa values were estimated using 

the Dynamic Gassing Method and the Dynamic Sulfite Method for the laboratory-

scale and larger scale vessels, respectively. Air and deionized water were used as the 

system, and dissolved oxygen probe dynamics were incorporated.  Data from the 

smaller bioreactor did not correlate well with the kLa values obtained at larger scales; 

however, the data from the two larger bioreactors were well described by a single 

correlation. 

Surface aeration enhancement was estimated for all three bioreactors and was 

determined to decrease with increasing bioreactor size and increasing superficial gas 

velocity. The maximum enhancement due to surface aeration corresponded to less 

than 9% of the total measured kLa. Results compared well with literature predictions 

of surface aeration under sparged conditions.



 1 

Chapter 1 

INTRODUCTION 

1.1 Motivation 

Aerobic fermentation plays a crucial role in areas as diverse as waste 

treatment, food processing, and the biochemical/biopharmaceutical industries
1-3

. For 

example, production of vinegar on a global scale only became possible with processes 

designed for large aerated stirred-tank fermenters
4
; such production techniques support 

nearly half a billion dollars in yearly worldwide vinegar exports
5
. In the 

biopharmaceutical market, recombinant proteins used in biologic drugs are frequently 

synthesized in aerobic bioreactors with prokaryotic hosts such as Escherichia coli
3
. 

Biologic drugs are currently amongst the top selling fraction of pharmaceuticals, with 

2010 sales in the United States alone exceeding $30 billion dollars
6-7

. 

In fermentation processes such as the ones described above, carefully 

cultivated microorganisms consume nutrients in order to reproduce and ultimately 

generate a desired product. Aerobic processes in particular prove challenging as the 

microorganisms also require oxygen, which is only sparingly soluble in typical 

fermentation broths. Unless the liquid broth remains sufficiently oxygenated the cell 

growth rate decreases, and in the case of prolonged oxygen starvation the cells are 

permanently damaged or die
8
. While processes with high cell density cultures are 

desirable to improve product yields, meeting the cells’ oxygen demand becomes a 

critical issue as depletion of oxygen occurs as a correspondingly faster rate
3
. To solve 

this problem aerobic fermentation units incorporate aeration and agitation systems, as 
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illustrated in Figure 1. Air is sparged in at the base of the tank and one or more 

impellers above the sparger break up the gas stream and keep the liquid phase well-

mixed. Radial impellers are employed directly above the sparger to better shear the 

rising gas bubbles and reduce their size. The increase in surface area also increases the 

overall rate of oxygen transfer from the gas to the liquid phase. Above the first 

impeller, either axial flow or additional radial impellers further decrease the average 

gas bubble size and recirculate the liquid phase. Aerobic fermenters typically have an 

aspect ratio (H/T) greater than one, as taller columns increase the residence time of the 

gas phase and provide more surface area for heat transfer. 

 

Figure 1: Illustration of a typical industrial fermenter. 
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One of the greatest difficulties in developing new fermentation processes lies 

in scaling up from small laboratory-sized units to full production on industrial 

equipment
1,9,10

. Successful scale up requires rigorous understanding of the oxygen 

transfer rate to the liquid, which is characterized by the lumped mass transfer 

coefficient (kLa). Specifically, the general consensus in the literature calls for scaling 

up aerobic fermentation processes while maintaining a constant kLa 
11

. However, a 

complicating factor can arise due to the impact of surface aeration on mass transfer 

data collected at the laboratory scale
12,13

. Surface aeration occurs when air is drawn 

down from the headspace and entrained in the liquid phase through surface vortices; 

the net effect is a noticeable increase in the experimentally determined kLa values at 

the laboratory scale. When increasing capacity to industrial sized processes the surface 

area to volume ratio drops sharply, such that the effect of surface aeration becomes 

negligible
12,14

. By scaling up from laboratory data the kLa – and thus the total oxygen 

transfer rate – could be significantly overestimated. A lower kLa than predicted could 

lead to oxygen starvation and reduced performance of the large scale fermenter. 

To improve chances of successful scale up most companies first construct a 

pilot plant, where further experimental testing allows the company to refine the final 

design for the industrial-sized process. Following this approach improves the 

likelihood of success of the industrial bioreactor; however, the costs in capital and lost 

time during the pilot plant stage are considerable. In particular, many pharmaceutical 

products face a narrow time window of profitability before the patent on the drug 

expires and generic copies can enter the market. Thus, time saved by improved scaling 

estimates of parameters such as kLa proves extremely valuable to the companies 

involved. 
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The main objective of the current work was the development of approximate 

guidelines for the impact of surface aeration of kLa and process economics when 

scaling up from a laboratory size fermenter. The guidelines were intended to serve as 

estimations for preliminary costing purposes. 
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Chapter 2 

MEASUREMENT AND PREDICTION OF kLa 

2.1 Governing Model Equations 

2.1.1 Full Model Derivation 

With sufficient agitation, the liquid phase can be assumed perfectly back-

mixed
15

. Thus the liquid dissolved oxygen concentration (    can be modeled by 

Equation 1, where     is the lumped mass transfer coefficient and   
  is the saturation 

concentration. 

 
   

  
       

      (1) 

However, conflicting options exist in the literature over whether the gas phase 

can be reasonably modeled as perfectly back-mixed, perfectly plug-flow, or a mixed-

flow model
15-25

. In tanks with aspect ratios (H/T) much greater than unity or with 

viscous solutions, in particular, plug-flow models describe the system dynamics more 

accurately than perfectly back-mixed models
15,22,26

. For non-viscous solutions with 

H/T ≤ 1 many literature sources have confirmed the validity of assuming perfect back-

mixing for the gas phase
15-19,21

, which results in Equation (2)2 ignoring simultaneous 

nitrogen transport. Literature sources report less than 7% error for neglecting nitrogen 

transport at lower mass transfer rates
27

 (           ). 

   

   

  
   (   

   )         
      (2) 



 6 

Where the variables  ,   ,  ,    
, and    are defined as follows: liquid phase 

volume, gas phase volume, gas volumetric flow rate, inlet gas oxygen concentration, 

and outlet gas oxygen concentration. The variables   ,   ,  , and    
are taken as 

constant with time, while    is assumed constant throughout the reactor for the 

perfectly back-mixed model. 

If the absorption term in Equation 2 is assumed to be negligible, as proposed 

by Dang, Karrer, and Dunn
21

, the gas phase response to a step change in the inlet gas 

concentration is given by Equation 3. 

         
(   

 
 
  ) (3) 

Where         and is the gas mean residence time. Literature sources refer 

to a variation of this model as the “start up model”, given that the initial flushing and 

reestablishing of the steady state gas holdup is accounted for
28

. If the gas holdup is 

significant, ignoring the gas holdup formation results in overestimating the driving 

force term in Equation 1 which leads to underestimating kLa 
15,28

. Combining 

Equations 1 and 3 with a Henry’s law constant   results in Equation 4. 

 
   

  
    [    

(   
 

 
  )    ] (4) 

A further complicating factor arises when measuring the liquid phase oxygen 

concentration. Convolution of the mass transfer data and the oxygen probe dynamics 

becomes more and more significant as kLa approaches the characteristic probe 

response time. For Clark-type membrane-covered polarographic oxygen electrode 

sensors, literature sources report use of first or second order models to capture the 

probe dynamics
20,21,24-26,29

 . With highly viscous solutions, diffusion film effects 

dominate the probe response and a second order model should be employed
21

. 
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However, with nonviscous solutions the probe response can be captured reasonably 

well by a first order model
20,21,25,26,29

 with a time constant,   . Equation 5 shows the 

form of a solution of the resulting set of differential equations for the measured liquid 

phase oxygen concentration,      .  

           
         

 
 
       

 
 
      (5) 

2.1.2 Model Simplification 

Literature sources frequently assume at least one of two limiting scenarios 

when analyzing kLa experimental data. Calderbank proposed setting the gas phase 

holdup equal to zero, as the holdup is typically small for nonviscous solutions
30

. This 

corresponds to     , which simplifies Equation 5 to the form shown in Equation 6. 

           
         

 
 
      (6) 

If the probe dynamics occur significantly faster than the rate of oxygen 

transfer, the impact of the oxygen sensor can be safely ignored
15,31,32

. Van’t Riet
15

 

reported maximum errors in kLa of less than 6% for          , and Linek
32

 

determined errors due to probe response were limited to   3% for           . For 

fast-response oxygen probes, or slow mass transfer rates, neglecting the probe 

dynamics simplifies Equation 5 to the form shown in Equation 7. 

           
          

 
 
      (7) 

In the event that both the gas holdup and probe dynamics are neglected, 

Equation 5 can be expressed in a simple form by Equation 8. 

            
                   (8) 
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The largest gas phase holdup measured during the course of the experiments 

was less than 5% of the total liquid volume. As such,    was taken as negligible and 

the simplified model proposed in Equation 6 was used to describe the system. The 

contribution of the dissolved oxygen probe dynamics could not be ignored, however. 

The dissolved oxygen probe used in the small scale experiments had a comparatively 

large time constant in comparison to state of the art fast-response probes, and reducing 

the model to Equation 8 introduced significant error into the calculations. Equation 6 

was thus taken as the governing equation, and a derivation of the constants can be 

found in Appendix A.  
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2.2 Methods of Measuring kLa 

Many methods exist in the literature for estimating the lumped mass transfer 

coefficient in sparged, agitated bioreactors. Four of the most common techniques are 

discussed in Sections 2.1.1-2.1.4, and both the dynamic gassing-in and the dynamic 

sulfite methods were implemented in the determination of experimental kLa values. 

2.2.1 Dynamic Gassing-in Method (DGM) 

Variants of the DGM were among the first measurement
33

 techniques used to 

estimate kLa. The liquid phase is first stripped of oxygen through sparging nitrogen 

into the heavily agitated vessel. Once deoxygenated, the nitrogen gas flow is 

immediately switched to either air or enriched oxygen gas, and the liquid-phase 

oxygen concentration increases towards saturation. By monitoring       through the 

use of dissolved oxygen sensors, the value of kLa can be determined from a least 

squares regression of Equation 6, provided    is known. The value of the probe time 

constant is determined separately, through measuring the response to a step change in 

the liquid phase oxygen concentration. A step change is accomplished by rapidly 

moving the oxygen probe from a solution deoxygenated by nitrogen stripping to an 

oxygen saturated solution. The change in dissolved oxygen concentration is then 

modeled by Equation 9, which results in Equation 10 upon integration.  

 
   

  
  

    
      

  
 (9) 

   (    
      )    

 

  
  (10) 

The value of    is then estimated from the straight line slope of a plot of 

  (    
      ) versus time. 
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2.2.2 Dynamic Sulfite Method (DSM) 

The DSM relies upon the instantaneous reaction of sulfite with dissolved 

oxygen to form sulfate, as shown in Equation 11. The 1991 American Society of Civil 

Engineers Standard
34

 recommends addition of cobalt catalyst to reach a concentration 

of 0.05 mg/L (~9 10
-7

 M) of cobaltous ions. However, most literature sources
26

 report 

a range of cobalt catalyst concentrations of 10
-5

-10
-6

 M Co
2+

, with some sources using 

up to ~10
-3

 M Co
2+

 to ensure complete and homogenous consumption of the sulfite
20

. 

    
   

 

 
  

    

→       
    (11) 

At the start of the DSM, the saturated oxygen concentration is initially reached 

through sparging air or enriched oxygen gas into the agitated vessel. The agitation 

speed and gas flow rate are maintained constant throughout the experiment, and the 

vessel is then charged with cobalt chloride. After allowing for the dissolution of the 

catalyst, the fermentor is charged with a sufficient quantity of sodium sulfite to 

completely consume all the dissolved oxygen in the liquid phase. The measured 

oxygen concentration then sharply decreases. After all of the sulfite reacts, the 

dissolved oxygen concentration rises toward saturation, and kLa is estimated from a 

least squares regression of Equation 6. Multiple experimental runs can be performed 

by subsequent additions of sodium sulfite charges; however, the [Na2SO3] is kept 

below 0.025 M to minimize non-coalescing behavior.  

Use of DSM assumes that the sulfite reacts completely before the dissolved 

oxygen concentration rises, and literature sources report the assumption may fail with 

insufficient catalyst addition
20

. However, validation is possible by simultaneously 

monitoring the system pH. As the sulfite addition increases the pH, one can 

qualitatively assess the amount of sulfite remaining by tracking the pH profile as the 
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sulfite is consumed. Negligible error is incurred if the pH declines to near the pre-

sulfite addition levels before the dissolved oxygen concentration increases. 

2.2.3 Dynamic Pressure Method (DPM) 

The DPM for measuring kLa involves a small step increase in the vessel 

pressure, typically executed by briefly throttling the gas outlet
33

. A pressure increase 

of 17-20 kPa proves sufficient and occurs in less than 0.3 seconds
27,33

. By measuring 

both the total pressure and the dissolved oxygen concentration, the kLa can be 

estimated from a set of differential material balances. The main advantage lies in the 

ability to change the oxygen composition in all gas bubbles simultaneously, through 

the increase in total system pressure
27

. As such, the assumption of a perfectly back-

mixed gas phase remains valid, and many sources champion DPM as the most 

accurate way to measure the lumped mass transfer coefficient
26,27,33,35

. 

2.2.4 Steady State Sulfite Method (SSM) 

Much like the DSM, the steady state sulfite method involves using the reaction 

shown in Equation 11 to estimate kLa. The procedure follows the DSM; however, a 

significantly larger excess of Na2SO3 is charged to the vessel. The dissolved oxygen 

concentration then remains essentially zero for a measured timespan usually on the 

order of minutes
33,36

. With accurate kinetic rate models for the reaction, the kLa can be 

determined knowing only the time of the reaction and the initial mass of sodium 

sulfite added. Yet a great deal of controversy exists in the literature as to the proper 

kinetics for the reaction
37-41

. In addition, many sources report substantial 

overestimations of kLa using the SSM
29,31,33

. 
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2.3 Prediction of kLa from Empirical Correlations 

The breadth of available literature correlations demonstrates the extensive 

effort to successfully model and predict the lumped mass transfer coefficient in 

aerated fermenters. Section 2.3.1 summarizes the general form of kLa correlations seen 

in the literature. 

2.3.1 Correlations Dependent on Gassed Power Input 

Literature sources frequently correlate kLa with power input per unit volume 

(       and superficial gas velocity (     as shown in Equation 12. 

      (
  

  
)
 

     
   (12) 

Where gassed power can be directly measured or predicted using the Bakker
42

 

relationship for Rushton turbines as shown in Equation 13. 

                                         (13) 

The variables Fr and Ae represent the Froude number and the Aeration 

number, respectively, and are defined in Equations 14 and 15. The ungassed power 

(  ) is calculated from operating conditions, geometric parameters, and the power 

number (    as shown in Equation 16. 

          (14) 

          (15) 

        
     (16) 

Table 1 provides literature examples of correlations of the form Equation 12. 

As seen from the variability in predicted values of  ,  , and   no single correlation 

accurately predicts kLa over all systems of interest. 
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Table 1: kLa correlations for coalescing systems based on power input. 

Author 
Year 

Published 
Correlation T (in.) D/T System 

Measurement 

Method 

Smith et. al.
45 

1977         (
  

 
)
     

   
    24 - 72 

0.33 – 

0.5 
Air – Water --- 

Van’t Riet
15 

1979          (
  

 
)
   

   
    --- --- Air - Water DGM 

Chandrasekharan 

and Calderbank
24 1980                              (

  

 
)
     

   
      48 0.297 O2 - Water DGM variant 

Moresi and Patete
22 

1988           (
  

 
)
     

(
 

  
)
    

 
8.98 – 

102.4 

0.214 – 

0.455 

Air - Na2SO4 

Soln. 
SSM 

Linek et. al.
27 

1992            (
  

 
)
     

   
    11.42 1/3 Air – Water DPM 

Wu
46 

1995         (
  

 
)
    

   
     

7.95 

and 12 
1/2 Air – Water SSM 

Vilaça et. al.
36 

2000            (
  

 
)
    

   
     8.27 0.405 Air – Water SSM 

Linek et. al.
47 

2004           (
  

 
)
     

   
      11.42 1/3 O2 – Water DPM 

Puskeiler and 

Weuster-Botz
20 2005            (

  

 
)
     

   
    --- --- 

O2 – Na2SO4 

Soln. 
SSM variant 

Fujasová, Linek, 

and Moucha
35 2006            (

  

 
)
     

   
      11.42 1/3 Air – Water DPM 

Gill et. al.
48 

2008          (
  

 
)
    

   
     2.36 1/3 

Fermentation 

Broth 
---- 

Scargiali et. al.
29 

2010           (
  

 
)
     

   
      7.48 0.342 Air – Water DPM variant 

Karimi et. al.
1 

2013         (
  

 
)
    

   
     3.94 1/2 Air – Water DGM 
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Chapter 3 

EXPERIMENTAL kLa DETERMINATION 

3.1 Small Scale kLa Determination 

The laboratory-scale bioreactor used in this work is shown in Figure 2, and 

Table 2 contains the dimensions and geometric factors of the system. The bioreactor 

synced with a New Brunswick BioFlo/CelliGen 115 unit used to control sparger gas 

flow rates and agitation speed. Deionized water was used for the experiments, and a 

heating jacket maintained a constant liquid temperature of 37°C. Three removable 

stainless steel baffles were constructed and anchored to the vessel supports to prevent 

vortex formation. Dissolved oxygen levels were monitored with a Mettler Toledo 

InPro 6800 series polarographic sensor, with a manufacturer
43

 listed maximum error 

of ± 6 ppb. The probe dynamics were modeled as first order, and the time constant 

was determined as discussed in Section 2.2.1 to be 21.1 ± 0.3 seconds. Detailed 

calculations are included in Appendix B.  

A range of agitation and gas flow rates were tested, and the results were 

correlated in the form described by Equation 12. Impeller speeds       

        and gas flow rates             were tested; the gassed power in each 

case was calculated with the Equations 13 and 16. 
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Table 2: Geometric properties of laboratory-scale bioreactor. 

                              

1.3 L 4.92 in. 1 0.424 0.32 0.364 0.1 0.1 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 2: Schematic of laboratory-scale bioreactor. 
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3.1.1 Dynamic Gassing Method 

The DGM was employed following the general procedure described in Section 

2.2.1, with air as the gas phase (assumed ~ 20.95 mol% O2). Figure 3 shows a sample 

dissolved oxygen profile, as well as the predicted profiles based on Equations 6 and 8. 

Although the initial dynamics of the system are not completely captured by the 

Equation 6, the overall fit to the data appeared sufficient. Error could have been 

introduced by neglecting the gas holdup, which reached a maximum at 5% of the 

liquid volume at high sparging and agitation rates. 
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Figure 3: Dissolved oxygen profile for DGM in laboratory-scale bioreactor.  
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Parameters for the kLa correlation shown in Equation 12 were calculated from 

a multivariable regression of the data and Equation 17 shows the best-fit correlation. 

Figure 4 shows the collected data plotted against the obtained correlation.  

         (
  

 
)
    

   
     (17) 

0.1 0.2 0.3 0.4
0.00

0.02

0.04

0.06

k
L
a

 (
s

-1
)

(P
g
/V)

0.54


SG

0.80

k
L
a = A(P

g
/V)

0.54 ±0.06
 

SG

0.80 ± 0.06
 

A = 0.15 ± 0.06  

 

Figure 4: Lumped mass transfer coefficient correlation for laboratory-scale bioreactor. 

Equation 17 fell within the expected range of literature correlations; however, 

the larger exponent on the superficial gas velocity showed the stronger dependence on 

gas flow rate at small bioreactor scales. 
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3.2 Determination of kLa in Larger Vessels 

Scale-up data were collected using tanks with nominal diameters of 1 ft. (Tank 

1) and 2 ft. (Tank 2) provided by Philadelphia Mixing Solutions, Ltd
44

. The 

dimensions and geometric factors for the vessels are shown in Table 3 and Figure 5. 

Deionized water and pressurized air were used for the experiments. The temperature 

ranged from 11.5-25°C; however, during each measurement the temperature change 

was small. Both tanks had 4 removable baffles, with dimensions given in Table 3. 

Tank 1 was flat bottomed, while Tank 2 had a standard ASME flanged and dished 

head. The dissolved oxygen levels were measured using a YSI – Pro ODO 

polarographic oxygen sensor, which was determined to have a time constant of ~ 5.5 

seconds. 

Section 2.2.2 describes the general procedure followed for the DSM in the 

larger bioreactor. Technical grade cobalt chloride hexahydrate from Bowman, Mell & 

Company, Inc. was used to catalyze the sulfite reaction, and the concentration of 

cobalt ions was maintained at 3.5 10
-6

 M. Industrial grade sodium sulfite anhydrous 

from Fisher-Scientific Company was used for all experiments. Multiple experimental 

runs were consecutively performed; however, the fermentor system was emptied, 

rinsed, and refilled with deionized water when the total sodium sulfate concentration 

reached 0.025 M. 

The best-fit parameters for Equation 12 were determined as described in 

Section 3.1.1, and Figure 6 shows the collected data plotted against the obtained 

correlation for each tank. Both correlations compare favorably with the literature 

examples in Table 1. 
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Table 3: Geometric properties of larger experimental bioreactors. 

                                    

Tank 1 0.71 ft
3 

11.44 in. 1 0.415 0.58 0.0.13 0.364 0.1 0.09 

Tank 2 5.14 ft
3 

24 in. 1 0.400 0.59 0.013 0.364 0.1 0.08 

 

 

 

 

 

 

 

 

 

 

 

 

Figure 5: Schematic of larger experimental bioreactors. 

Tank 1 

Tank 2 
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Figure 6: Lumped mass transfer coefficient correlations for Tank 1 and Tank 2. 
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3.3 Estimation of Scale-up for kLa and Comparison to Literature 

The data obtained in all vessels was then force-fit to a combined correlation of 

the form of Equation 12, as shown in Figure 7. The larger tank data correlated well, 

while the smaller tank data showed substantial discrepancies. Possible explanations 

include the following: 

 Neglect of gas holdup contribution 

 Different measurement method – DGM vs. DSM 

 Insufficient catalyst concentration for DSM 

 Impact of surface aeration 

In particular, the influence of surface aeration has been shown to considerably 

increase the measured mass transfer coefficient on small laboratory scales
12,49

. Such 

enhancement in mass transfer could explain the significantly higher kLa values 

observed (and therefore the larger value of the parameter   in Equation 17) in the 

laboratory-scale bioreactor. 

It has been shown that the surface aeration rate decreases rapidly with 

increasing gas flow rate
51

. The physical justification for this stems from the decrease 

in liquid pumping capability of the agitator at higher gas loading, which results in 

fewer gas-entraining surface vortices. In addition, sources report that increasing gas 

flow rates “physically repels downflow” of gas in the headspace
51

. The potential 

impact of surface aeration on the mass transfer rate is further examined in Chapter 4. 
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Figure 7: Combined lumped mass transfer data for all vessels. 

The data from the two larger bioreactors correlates well, which supports the 

literature recommendation of avoiding scale-up based on vessels under 200 L in 

volume
12

. Equation 18 shows the correlation determined for the combined Tank 1 and 

Tank 2 data. 

          (
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Chapter 4 

IMPACT OF SURFACE AERATION ON kLa AND SCALE-UP 

The impact of surface aeration on mass transfer measurements has been 

discussed in Section 3.3. Enhancements in the observed kLa at small scales do not 

transfer to larger scales due to the decrease in the surface area to volume ratio. In 

particular, pilot plant and industrial bioreactors often operate with aspect ratios 

between one and three, which further reduces the area over which surface aeration 

could occur. If scale-up predictions based on laboratory-scale data do not consider 

surface aeration, the observed kLa on scale-up may decrease substantially
12

. Further 

efforts were made in Sections 4.1 and 4.1 to determine the influence of surface 

aeration on the mass transfer data shown in Chapter 3. 

4.1 Determination of Surface Aeration Effect 

Baffles were removed from the laboratory-scale bioreactor described in Table 

2 and Figure 2 to promote the formation of a large surface vortex near the impeller 

shaft. As vortices improve gas entrainment from the headspace
50

, this was taken as the 

limiting case in which surface aeration would most contribute to the measured kLa. 

Measurements were taken following the DGM procedure outlined in Section 3.1 for 

impeller speeds               and gas flow rates          . The 

measurements were performed under two settings, where 2 LPM of either air or 

nitrogen gas was continuously flushed through the headspace to promote or suppress 

the influence of surface aeration, respectively.  
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The data for sparger flow rates of 1 LPM are shown in Figure 8, where for 

    the mass transfer observed was strictly due surface aeration from headspace air 

entrainment. As expected, flushing the headspace with nitrogen gas significantly 

reduced the observed kLa by suppression of surface aeration. Indeed, the kLa predicted 

from surface aeration alone (   ) appeared to correlate well with the observed 

reduction in kLa during nitrogen sparging for impeller speeds below 500 RPM. At 

higher agitation speeds, the observed surface vortex reached the impeller. As a result, 

the system reacted much the same as under sparging conditions and the observed kLa 

was significantly higher seen for surface aeration only at lower speeds. 
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Figure 8: Surface aeration impact on unbaffled laboratory-scale bioreactor. 
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4.2 Surface Aeration on Scale-up 

Measurements as described in Section 4.1 were performed for the baffled 

laboratory-scale bioreactor under unsparged conditions. Air was flushed through the 

headspace as discussed in Section 4.1 to ensure the gas composition at the surface 

remained constant. Additional DSM experiments were performed under unsparged 

conditions for both Tank 1 and Tank 2 as well. 

Surface aeration intensity was considered as the ratio of the kLa obtained under 

unsparged conditions to that observed under standard sparging rates. While some 

literature sources report similar methodologies
12

, other sources report that such a 

comparison overestimates the impact of surface aeration
13

. The results were thus 

viewed as an upper limit of the possible influence of surface aeration on process scale-

up. 

Figure 9 shows the ratio of kLaunsparged to kLasparged for all three vessels. The 

abscissa of the plots was taken as the Froude number, which was defined in Equation 

14. The Froude number represents a ratio of a system’s characteristic velocity to the 

resultant wave propagation velocity, and as such has been used in surface aeration 

studies as a measure of surface agitation
51

.  
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Figure 9: Ratio of kLa values under unsparged and sparged conditions. 
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As expected the influence of surface aeration appeared significantly more 

important for the smaller bioreactor than for either Tank 1 or Tank 2. The maximum 

observed difference in the ratio of unsparged to sparged kLa values occurred at a 

superficial gas velocity of 0.3 cm/s and Fr ~ 0.17. At this point the laboratory-scale 

bioreactor ratio was 150% larger than that of Tank 1 and nearly 250% larger than that 

of Tank 2. In addition, the observed influence of surface aeration decreased in all 

vessels with the increase in superficial gas velocity to 0.7 cm/s, as predicted in the 

literature
51

. 

The largest value of kLaunsparged/kLasparged measured was 0.09, corresponding to 

a maximum contribution of surface aeration of nearly 9% to the total measured kLa. If 

surface aeration proved completely negligible at an industrial scale the maximum 

decrease in kLa due to decreasing surface aeration enhancement would be 

approximately 9%. This assumes the laboratory-scale bioreactor would be scaled up to 

a geometrically similar industrial fermentor. In practice, an increase in both H/T and 

superficial gas velocity is typical on scaling up; both of these factors would further 

negate the influence of surface aeration in the scaled-up bioreactor, as discussed 

previously. 

The results compare well to literature predictions of scale-up of surface 

aeration. Chapman, Nienow, and Middleton
13

 determined under sparged conditions the 

rate of surface aeration never exceeded 20% - and was frequently less than 5% - of the 

total mass transfer rate in a 8.7 in. diameter vessel.   
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Chapter 5 

CONCLUSIONS AND FUTURE WORK 

5.1 Conclusions 

The measured lumped mass transfer coefficients were well described by 

Equation 12 for each individual vessel size. However, the data collected at the smallest 

bioreactor tested did not correlate well with the kLa values measured for Tank 1 and 

Tank 2. Surface aeration was considered as a potential source of the discrepancy and 

was found to contribute in a small role. The maximum observed enhancement of kLa 

by surface aeration was approximately 9% of the total lumped mass transfer 

coefficient; however, the enhancement was generally small. Surface aeration was 

determined to decrease with both increasing vessel size and superficial gas velocity. 

5.2 Future Work 

Further examination of the conditions used for the DSM should be pursued. 

Literature sources have indicated that the cobalt catalyst concentration recommended 

by the ASCE may be insufficient, which would result in lower observed kLa values
20

. 

In addition, testing on the smaller laboratory-scale bioreactor should be revisited using 

the DSM, in order to determine how the results of the two methods compare on the 

same system. 
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Appendix A 

MODEL EQUATION DERIVATION 

The model shown in Equation 6 was derived using the method of Laplace 

transforms and the process flow diagram shown in Figure 10. 

 

Figure 10: Process flow diagram for model derivation. 

With deviation variables     ,     , and       defined in Equations 18-20 and 

      is the measured dissolved oxygen concentration. 

        
       

       (19) 

                            
       (20) 

                              
        (21) 

The derivation considered the process as involving a step change in the 

saturation concentration of oxygen in the liquid phase, either as the nitrogen sparge 

was switched to oxygen (DGM) or as the sulfite was completely consumed (DSM). 

Before    , the whole system was taken to be at equilibrium. 
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Starting with Equation 1, and assuming first order dynamics for the dissolved 

oxygen probe with a time delay of  , the transfer functions      and      were 

defined by Equations 21 and 22. 
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The measured concentration as shown in Equation 6 was simplified with 

partial fractions and inverted to yield Equation 27. 

       
    

        

 
           (24) 

 

      (    
        )

 [(
 

  
  

  
) 

 
     
    (

 
  
  

  
) 

 
     
    ] (25) 

 

               (    
        )

 [(
 

  
  

  
) 

 
     
    (

 
  
  

  
) 

 
     
    ] (26) 

The corresponds to Equation 6 with the change of variables       and the 

variables   ,   , and    defined in Equations 26 through 28. 
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Appendix B 

DISSOLVED OXYGEN PROBE TIME CONSTANT DETERMINATION 

Both dissolved oxygen probes were considered to have first order dynamics, as 

discussed in Section 2.1.1. By inducing a step change in liquid phase dissolved oxygen 

concentration, the time constant for each probe was determined by plotting Equation 

10. Figure 11 shows a sample plot of the dissolved oxygen profile as well as Equation 

10 for the InPro 6800 series dissolved oxygen probe used in the laboratory-scale 

bioreactor system. 
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Figure 11: Probe time constant determination. 

The time constant used in     determination was the average value of three 

replicate runs, and the associated error was 1.4%. 


